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Abstract

A novel catalytic gas–liquid reactor configuration, consisting of a monolithic reactor with a liquid-motive ejector as
gas–liquid distributor is introduced as a retrofit or alternative to an agitated slurry reactor. The ejector distributes gas and
liquid to the channels of a monolith reactor at velocities greater than those attainable with gravity-driven flow, intensifying
mass transfer and reaction in a compact reactor. Pressure drops measured using this configuration do not conform to models
from the literature. A strong effect of liquid coalescence properties was observed. Until fully predictive pressure drop and
gas–liquid distribution models become available, successful scale-up will depend on pressure-drop data measured with in-
dustrial process conditions and fluids. Current literature models for mass transfer underpredict laboratory autoclave reaction
results, indicating a need for further model development, and in the interim requiring pilot-scale testing for scale-up purposes.
© 2001 Elsevier Science B.V. All rights reserved.
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1. Introduction

Monoliths have been used in gas-phase catalytic
applications for many years. They are particularly
prevalent in mobile and stationary environmental
application areas, including automotive exhaust cat-
alysts. The use of monoliths to catalyze gas–liquid
reactions is not as widespread. This area has attracted
considerable academic interest for over 10 years, re-
sulting in several literature reviews [1,2]. As a class
of gas–liquid reactions, hydrogenations have attracted
the most interest, as evidenced by academic literature
[3–6] as well as the patent literature [7,8].

Edvinsson and Cybulski [4] compared monoliths
against trickle-bed reactors for a selective hydrogena-
tion, and identified conditions under which monoliths
hold an advantage. However, most patents for the use

∗ Corresponding author.

of monoliths to conduct hydrogenations are in areas
where the traditional technology is a stirred-tank slurry
reactor. It is perhaps more pertinent, therefore, to com-
pare the performance of monoliths against slurry reac-
tors. Cybulski et al. [6] perform such a comparison in
a modeling analysis. Advantages of monolith reactors
over batch stirred-tank slurry reactors include a sub-
stantial decrease in catalyst handling, more flexibility
in design and scale-up, and the elimination of certain
selectivity problems associated with batch slurry reac-
tor operations. Heiszwolf et al. [9] propose a monolith
loop reactor in which liquid is circulated through the
monolith reactor by means of a pump-around loop,
using traditional liquid distribution devices, such as
spray nozzles. Gas is introduced into the reactor by
gravity-driven natural circulation. A batch hydrogena-
tion is conducted by continuously circulating liquid
through the monolith until conversion is complete; the
conversion per pass is typically small. Heiszwolf et al.
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Nomenclature

a specific interfacial area (m2/m3)
Ca capillary number, ηLv/σ (–)
db bubble diameter (m)
dc internal monolith channel

dimension (m)
D diffusion coefficient for gaseous

species (m2/s)
fL friction factor for liquid-only flow (–)
fLG friction factor for gas–liquid flow (–)
g gravitational acceleration (m/s2)
kGLS overall composite mass transfer

coefficient, based on total
geometric area (m/s)

kij mass transfer coefficient between
phases i and j (m/s)

L monolith channel length (m)
Lj slug length for phase j (m)
P pressure (Pa)
ReL Reynolds number relative to liquid

phase, ρL(uL + uG)dc/ηL (−)
Sc Schmidt number, ηL/ρLD(−)

ui superficial velocity of phase i (m/s)
v channel velocity, uL + uG (m/s)

Greek characters
δ film thickness (m)
εi volume fraction of phase i (–)
ηL liquid-phase viscosity (N s/m2)
ρL liquid-phase density (kg/m3)
σ surface tension (N/m)

[9,10] propose models for the pressure drop and mass
transfer associated with the gas–liquid flow through
monolith reactors. The gravity-driven flow of gas and
liquid is effective for small reactor diameters, but
gas–liquid distribution may be less uniform for larger
reactors.

A novel reactor technology being developed at Air
Products and Chemicals combines the concept of a
monolith loop reactor with gas–liquid ejector tech-
nology, in which the ejector replaces the traditional
liquid distribution device. The liquid-motive ejec-
tor entrains and compresses recycled hydrogen gas.
When properly engineered, the ejector also serves as
an excellent gas–liquid contactor, presaturating the

liquid before it enters the reactor, and produces a
fine dispersion of gas bubbles in liquid, which results
in excellent gas–liquid distribution to the monolith.
Because the ejector serves as a gas compressor, the
gas–liquid dispersion can be delivered to the inlet of
the reactor at a pressure greater than the outlet pres-
sure. Compared to a gravity-driven monolith reactor,
greater superficial velocities through the monolith
channels can be attained, resulting in higher rates of
mass transfer and reaction. This is particularly valu-
able for applications requiring monoliths with channel
densities greater than 400 channels per square inch
(cpsi), which offer greater geometric surface areas
for catalysis.

Scale-up of ejector-driven monolith loop reactors
requires engineering models for pressure drop and
mass transfer. Models proposed in the literature in-
clude some based on single-channel measurements
and others based on monoliths with traditional dis-
tribution devices. It is our goal to measure pressure
drops and mass transfer rates in ejector-driven mono-
liths and ascertain whether the data conform to litera-
ture models.

2. Experimental methods

The experimental setup used to conduct our experi-
ments is depicted in Fig. 1. It incorporates a 30-l hold
tank, a centrifugal pump delivering flowrates up to
24 l/min at a differential pressure of 0.46 MPa, a gas–
liquid ejector sized to match the pump characteristics,
and a tube containing a stack of monolithic ele-
ments with an inside diameter of 0.05 m and a length
of 0.15–0.6 m. Instrumentation includes gas and liquid
flowmeters, differential and direct pressure gauges.
The liquid temperature is controlled using a water-
cooled coil. Monolith stacks were built using 400 or
600 cpsi elements from Corning, each either 0.05 or
0.15 m long. No attempt was made to align channels
between adjoining segments, nor was any spacing
left between segments. The entire stack was wrapped
with expandable PTFE gasket tape to minimize
bypassing.

The setup operates at ambient temperature, with the
hold tank open to ambient pressure. Various aqueous
solutions were used as the liquid phase, and air or
nitrogen as the gas phase.
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Fig. 1. Schematic of equipment used to determine pressure drops
and gas–liquid mass transfer in ejector-driven monoliths.

3. Pressure drop

3.1. Literature review

For a uniform approach to pressure-drop modeling,
we will relate all models to the following expression
for pressure drop through a channel:

�Pfric = 4f
1

2
ρLv2 L

dc
(1)

in which v = uL +uG is the channel velocity, the sum
of liquid and gas superficial velocities. For downflow,
the frictional pressure drop is equal to the measured
pressure drop plus the static head component

�P = �Pfric − ρLgLεL, εL = uL

uL + uG
(2)

The expression for the liquid holdup εL reflects the
common assumption that gas and liquid move through
the monolith channels with identical total velocities,
i.e. in plug flow. At flow conditions typically seen in

high-channel-density monoliths (200 cpsi and up), the
flow is laminar: ReL < 2000. Laminar channel flow is
described by the Hagen–Poiseuille equation. For round
or square channels, this translates to the friction factor

fL = 16

ReL
or (f Re)L = 16 (3)

Deviations from square channel geometry can result
in a value of (f Re)L that deviates from 16. On first
approximation the relative deviation for gas–liquid
flow should be similar, so that it is convenient to re-
late gas–liquid pressure-drop results to the liquid-only
situation. Eq. (3) should describe the flow of liquid
through a monolith channel. For gas–liquid flow, ad-
ditional assumptions are needed. If we assume that
only the liquid phase contributes to pressure drop, the
friction factor model reduces to

fLG = fLεL or fLGReL = (f Re)LεL (4)

Comparison with actual data shows that this expres-
sion consistently underpredicts pressure drops; clearly,
the gas phase contributes to pressure drop in some
way. Heiszwolf et al. [9] found that they could model
their results using a pseudo-homogeneous model

fLGReL = constant (5)

This model implies that gas and liquid slugs contribute
equally to the pressure drop. For the model to tran-
sition smoothly into the single-phase model as liquid
holdup increases, the constant fLGReL should be equal
to (f Re)L. However, it was found that the value of
fLGReL appears to vary with monolith channel density,
ranging from 18 for 200 cpsi to 28 for 600 cpsi. Appar-
ently, Eqs. (1) and (5) do not adequately describe the
effect of the channel dimension on the pressure drop.

The pressure drop contributed by the gas slugs is at-
tributed either to surface tension effects or to induced
flow patterns in the liquid slugs at the liquid–gas
boundary. The lack of the surface tension and slug
length as model parameters is troubling. The good
correspondence between measurements and model is
most likely due to the fact that neither slug lengths
nor surface tensions varied much in the pressure-drop
data set used to construct the models. A model captur-
ing variations in these parameters would be valuable
in scaling to reaction systems with different distri-
bution devices, gas–liquid material properties, and
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flow characteristics. An entry-region friction model
proposed by Heiszwolf et al. [10] includes the slug
length LL as a variable. Using a correlation suggested
by entrance-region theory, with adjustable parameters
fit to literature data, they arrive at

fLGReL = (f Re)LεL

[
1 + 0.065

(
LL

dcReL

)−0.66
]

(6)

In many pressure-drop studies, the liquid slug length
is not measured. Because there is no broad data set
covering industrial conditions, the equation and its pa-
rameters are likely to describe only a subset of condi-
tions that may be encountered in industrial operation.

3.2. Experimental results

Pressure-drop data was collected using a variety of
physical configurations (monolith stacking heights,
channel densities) and several aqueous liquid phases
(deionized water, 0.05, 0.10 mol/l Na2SO4). The su-
perficial liquid velocity is determined primarily by
the pressure at which liquid is presented to the ejec-
tor, and also somewhat by the pressure in the ejector
chamber, which is controlled by the gas-throttling
valve. The superficial gas velocity is determined by
both the gas and the liquid pressures feeding the ejec-
tor. The lower the liquid pressure (and, therefore, the
liquid flowrate), the lower the gas flowrate. At a given
liquid flowrate, the gas flowrate may be manipulated
using the gas-throttling valve.

The operating conditions are, therefore, confined to
a triangular area on a superficial velocity map — an
example is shown in Fig. 2. The maximum superfi-
cial gas velocity is achieved with both gas and liquid
valves fully open. Two boundary curves extend from
the unrestricted superficial velocities. One curve re-
sults from throttling the liquid valve, while the gas
valve remains fully open; along this curve, both gas
and liquid superficial velocities decrease. The other
curve results from throttling the gas valve, while leav-
ing the liquid valve open; while the superficial gas
velocity decreases along this curve, the superficial liq-
uid velocity increases slightly, due to the decreasing
pressure in the ejector chamber.

Fig. 3 shows pressure-drop results for liquid-only
flow as a function of liquid velocity for deionized

Fig. 2. Superficial velocity map for operation of the ejector in con-
junction with a monolith stack consisting of eight 15 cm elements
of 600 cpsi cordierite monoliths; results for deionized water and
sodium sulfate solution. Open symbols represent the gas-throttled
curve and solid symbols the liquid-throttled curve.

water and 0.10 mol/l Na2SO4. The data points fall
along the same line, reflecting the fact that the liquid
viscosities and densities are very similar. The value
of (f Re)L follows from the slope of the line, and is
about 15.5 — very close to the expected value of 16.

Many gas–liquid pressure-drop data were collected.
All follow similar trends; for clarity, we will focus on
a subset of the collected gas–liquid pressure-drop data,
measured using a 1.22 m stack of 600 cpsi monoliths,
along the boundary curves of the superficial velocity

Fig. 3. Pressure-drop data for liquid-only flow through a monolith
stack consisting of eight 15 cm elements of 600 cpsi cordierite
monoliths; results for deionized water and sodium sulfate solution.
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Fig. 4. Pressure-drop results for gas–liquid flow through a mono-
lith stack consisting of eight 15 cm elements of 600 cpsi cordierite
monoliths. Open symbols represent the gas-throttled curve; solid
symbols the liquid-throttled curve. The dashed line indicates
the results for liquid-only experiments and the dotted line the
correlation by Heiszwolf et al. [9]: fLGReL = 28.

map. These data, shown in Fig. 4, demonstrate a large
increase of pressure drop with electrolyte concentra-
tion. Since the liquid-only results did not vary with
ionic strength, this effect must be due to the interac-
tions of the gas phase and the liquid phase. Decreased
bubble coalescence in electrolyte solutions [11] usu-
ally leads to a smaller steady-state bubble size in turbu-
lent electrolyte solutions, which may result in shorter
gas and liquid slug lengths. The entry-region friction
model (Eq. (6)) predicts that shorter slugs lead to larger
pressure drops, which is consistent with our results.

The open symbols on Fig. 4 represent data mea-
sured along the gas-throttled curve of the superficial
velocity map for which the gas holdup varies from 0
to around 50%. In the limit of 0% gas holdup, fLGReL
approaches (f Re)L, shown as the dashed line. The fric-
tion factor increases with gas holdup. fLGReL reaches
a maximum or a plateau with further increases in gas
holdup. This suggests that, initially, the introduction
of gas into the flow causes additional frictional losses,
but that as the volume fraction of gas increases, the
friction drops due to the smaller contact area of liquid
slug to channel wall.

The solid symbols represent data measured along
the liquid-throttled curve. The gas and liquid veloc-
ities decrease simultaneously as the liquid flow is
throttled, so the gas holdup remains high, between 40
and 60%. For the ionic solutions at high superficial
velocities, the fLGReL curves coincide with the

gas-throttled curves, suggesting that gas holdup does
not strongly affect the pressure drop under these con-
ditions. At lower superficial velocities, the curves di-
verge with higher pressure drops for high-gas-holdup
flow than for low-gas-holdup flow. The fLGReL curve
for DI water lies below the liquid-only results: the
effect of extra drag due to the introduction of the gas
bubbles is smaller than the reduced drag due to the
smaller surface fraction of liquid slugs.

The data presented in Fig. 4 demonstrate that a
predictive model for the pressure drop of gas–liquid
flow through monoliths must take into account the
gas and liquid superficial velocities separately (rather
than just the total velocity) and must also account for
the effect of the phase distribution. The latter is most
properly expressed in terms of a slug length distri-
bution but can probably be captured in terms of an
average slug length.

The pseudo-homogeneous model (Eq. (5)) predicts
a constant value of fLGReL, which is clearly not in
agreement with Fig. 4. The entry-region friction model
(Eq. (6)) is more promising and scientifically more
appealing. A problem with any model featuring the
slug length as a variable, however, is that slug lengths
are rarely measured in full distributor–monolith con-
figurations. Slug lengths characterized in experimen-
tal apparatuses do not directly translate to industrial
equipment because the phase distribution so strongly
depends on the physical means of delivering gas and
liquid to the monolith. If we assume that gas slug
lengths result from uniformly sized bubbles each en-
tering a single monolith channel, the liquid slug length
can be directly calculated from the bubble size

LL = 1 − εG

εG

π

6

d3
b

d2
c

(7)

Bubble sizes may be estimated by visual observa-
tion or using published engineering correlations, and
industrial process equipment could be tailored to pro-
duce the desired bubble size distribution. Conversely,
we can back-calculate the bubble size from experi-
mental data using Eqs. (6) and (7). This calculation,
applied to our data, yields bubble sizes of 1.7–2.5 mm
for DI water, 1.1–1.5 mm for electrolyte solutions,
which seems reasonable.

For scale-up of commercial equipment, a generi-
cally applicable Taylor flow model (when it becomes
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available) may be combined with a distribution model
describing the slug length as a function of operat-
ing conditions; alternatively, semi-empirical hybrid
models may be developed for particular distributor/
monolith combinations. In any case, additional work
covering a greater span of distribution approaches and
operating conditions is required.

4. Mass transfer

Hydrogen is transferred to the catalyst surface by
gas-to-liquid (G–L) and liquid-to-solid (L–S) transfer
processes. In the special case of Taylor flow through a
monolith, transfer of hydrogen through the thin liquid
film surrounding gas bubbles is often considered to be
a third, gas-to-solid (G–S), transfer process. Separate
models have been proposed for all the three transfer
paths. Here, we will demonstrate that current models
do not adequately describe overall mass transfer rates
attainable in monoliths.

There is a considerable disagreement among litera-
ture correlations for G–L mass transfer [12–14], each
displaying rather different functional forms and de-
pendences on primary variables. For example, the or-
der in channel velocity v ranges from 0.5 to 1.2; the
order in channel width dc from −0.5 to 0. Because a
unified model does not exist, scale-up for specific ap-
plications will for the time being require that actual
measurements be carried out using the specific equip-
ment and operating conditions of interest. We are in
the process of conducting such experiments for the
ejector-driven monolith loop reactor and will report
on the results in a separate publication.

For L–S mass transfer, Heiszwolf et al. [10] pro-
pose an entry-region model analogous to Eq. (6), with
parameters fit to various literature data sources.

kLSdc

D
= 3.66

[
1 + 0.152

(
LL

dcRe Sc

)−0.423
]

,

aLS = 4εL

dc
(8)

The G–S mass transfer path of gas through the liquid
film can be described using a simple film diffusion
model

kGSa = D

δ

4εG

dc
(9)

where expressions for the film thickness are given as a
function of the capillary number by Irandoust and An-
dersson [15] for a circular channel and by Heiszwolf
et al. [10] for the corner of a square channel.

δcirc = 0.18dc(1 − e−3.08Ca0.54
) (10)

δsq = 0.36dc(1 − 0.7 e−2.25Ca0.445
) (11)

The effective film thickness follows from integrating
the rate of mass transfer along the perimeter of the
channel, and for typical monoliths and flow conditions
is about 50% greater than δcirc.

It is tempting to combine the three paths of mass
transfer as a combination of steps in series and paral-
lel and thus calculate an overall coefficient for mass
transfer. Some caution is required with this approach.
For example, some of the correlations for gas–liquid
mass transfer include the contribution of transfer to
the liquid film, which constitutes a partial overlap
with the liquid–solid mechanism. Only when the
three mass transfer paths are precisely defined to be
non-overlapping, and when the measurements used
to derive constituent models reflect these definitions,
can an overall coefficient be calculated from these
constituent models. At present, this level of rigor has
not been applied to the definitions of the mass transfer
processes.

A minimum value for the overall mass transfer rate
can be deduced from catalytic reaction experiments.
We conducted a fast nitroaromatic hydrogenation in
an autoclave, where liquid and gas were continuously
circulated through an internally mounted monolith.
These experiments will be more fully discussed in a
separate paper, but some overall conclusions are per-
tinent here. A comparison between experiment and
model results is presented in Table 1. The minimum
mass transfer coefficient follows from the assumption
that the hydrogen concentration at the catalytic sur-
face is negligible; following this reasoning, kGLSa >

2.5 s−1. Throughout the autoclave the liquid is nearly
saturated with hydrogen, so that we can ignore the
G–L mass transfer resistance; the effective coefficient
is then a combination of the G–S and L–S coefficients,
at best the sum of the two. Even with favorable esti-
mates for the variables in Eqs. (8) and (9), kGLSa <

1.7 s−1. Clearly, one or both of these correlations un-
derestimate the rate of mass transfer. So again, more
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Table 1
Comparison of results from fast-reaction experiment with model mass transfer predictions

Fast-reaction experiment Mass transfer models

Measured rate, rH2 = 247 mol H2/m3 s dc = 1.09 mm
Measured solubility, c∗

H2
= 100 ± 5 mol H2/m3 uL = uG = 0.3 m/sa

Surface concentration, cs
H2

≥ 0 mol H2/m3 LL/dc = 1.5a

rH2 = kGLSa(c∗
H2

− cs
H2

)

→ kGLSa ≥ 2.5 s−1

ρL = 824 kg/m3

ηL = 0.33 mN s/m2

σ = 0.018 N/m
DH2 = 1.7 × 10−8 m2/s
Eq. (8): kLSa = 1.27 s−1

Eq. (9): kGSa = 0.44 s−1

kGLSa ≤ kLSa + kGSa = 1.7 s−1

a Denotes estimated values.

work with the specific equipment and process condi-
tions is required for successful scale-up.

5. Conclusions

An ejector-driven monolith loop reactor can be an
attractive replacement for or retrofit to a stirred-tank
slurry reactor for gas–liquid reactions such as hydro-
genations. The ejector effectively distributes gas and
liquid to the channels of a monolith reactor and can
do so at velocities greater than those attainable with
gravity-driven flow. This enables high rates of hydro-
gen mass transfer, where it matters most — close to
the catalytic surface. Benefits include increased re-
actor productivity, decreased catalyst handling, and a
more flexible process.

Pressure drops across an ejector-driven monolith
do not follow a pseudo-homogeneous friction model,
which means that phase holdup and distribution must
be taken into account in modeling. Non-coalescing
liquids such as electrolyte solutions exhibit higher
pressure drops, due to smaller average bubble size. A
predictive pressure-drop model has not been identified.
Also, current models for G–S and L–S mass transfer
underpredict the high rate of reaction measured in our
laboratories. Therefore, successful scale-up will de-
pend on pressure-drop data and overall rate data mea-
sured with industrial process conditions and fluids.
We will be carrying out pilot plant studies in the near
future using a fast demonstration chemistry so that

the results will reflect limits of mass transfer as well
as kinetics.
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